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A B S T R A C T   

Hydrothermal liquefaction (HTL) is an advanced biomass conversion process for biocrude production from a 
broad variety of organic feedstock, including wet waste streams. The intermediate biocrudes can be further 
upgraded to liquid hydrocarbon fuels and thereby contribute to the mitigation of greenhouse gases from the 
transport sector. This work investigates an optimized sub-system integration of transportation fuel production via 
sub-critical HTL of primary sewage sludge. The plant design integrates HTL conversion, biocrude upgrading via 
hydrotreatment, and an energetic valorization of the residual aqueous phase from HTL conversion via catalytic 
hydrothermal gasification (cHTG). The option of on-site hydrogen production via reforming of cHTG gas is 
examined for the purpose of biocrude upgrading. The modeling results show that the hydrogen demand for 
hydrotreatment could be covered by the valorization of the HTL by-products. The thermal management of an 
integrated biofuel plant is optimized with respect to subsystem cost based on in-depth process modeling to 
quantify mass and energy flows and principles of pinch analysis to design a heat exchanger network. The cost 
optimized configuration results in an overall process energy efficiency of 40.5%. The results provide a basis for 
design choices for future HTL plants.   

1. Introduction 

HTL receives increasing attention in research and development as a 
highly versatile process that can convert a broad range of organic 
feedstock. The HTL process might represent a competitive alternative to 
other renewable fuel production processes, due to its promising 
ecological and economic performance [1,2]. In HTL, biomass is con
verted at temperatures of 300–420 ◦C and pressures of 15–35 MPa into a 
highly viscous bio-oil, commonly referred to as biocrude [3,4]. This 
intermediate biocrude can be further upgraded to liquid hydrocarbon 
fuels via catalytic hydrotreatment. Additionally the HTL process pro
duces solids, a gas phase containing mainly CO2 and an aqueous phase 
consisting mainly of water and water-soluble components [5]. 

The application of hydrothermal process conditions has long been 
studied to produce liquid fuels from biomass. Already in the 1980s, a 
hydrothermal process called HTU (hydrothermal upgrading) was 
developed by Shell laboratories in the Netherlands [6]. A pilot plant was 
set up to demonstrate biocrude production from woody biomass without 
using a catalyst. In contrast, the CatLiq Process, developed in the early 
2000s, uses heterogeneous (ZrO2) or homogeneous catalysts (e.g., K+, 
CO2-

3, OH− ) to produce an energy-rich bio-oil from wet biomass [7]. 
However, most of the studies that have been published recently focus 

on HTL. The by far larger part rely on batch-mode experiments. Batch 
HTL experiments allow for fast screenings of a broad range of process 
conditions, e.g. to identify suitable operating points for continuous 
systems or to analyse involved chemical reaction schemes and the 
impact on process conditions on the product phases. 

However, batch-mode operation of an HTL process is less suitable for 
industrial application, where efficient heat recovery and high 
throughput is required to enable an economically reasonable process 
chain, particularly if targeting commodities like fuels as main products. 
Therefore, it is of great importance, that continuous-mode HTL facilities 
are established and operated by both research institutes and companies 
that enable experiments in an industrially relevant environment. 

The pilot-scale HTL plant operated by Aarhus University allows for a 
throughput (approximately 60–100 L h− 1) with typical dry matter 
content of 0.2 and enables testing at industrially relevant process con
ditions with integrated heat recovery [3]. This throughput corresponds 
to a power equivalent of up to 90 kW considering wood as HTL 
feedstock. 

While most of the existing continuous-mode HTL plants are operated 
in subcritical (often near-critical) regimes, there is also significant in
terest in super-critical HTL systems. Important work in this field has 
been conducted by Aalborg University [8] and Steeper Energy [9]. 
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Supercritical HTL offers the potential of improved biocrude quality and 
faster kinetics, but is associated with technical challenges resulting from 
increased temperatures and pressures compared to subcritical condi
tions. While the HTL system of Aarhus University is typically operated at 
350 ◦C and 22 MPa for example, Steeper Energy’s Hydrofaction™ is 
operated at 390–420 ◦C and 30–35 MPa [10]. A detailed review of re
ported continuous HTL plants can be found in a publication by Castello 
et al. [11]. 

Hydrothermal liquefaction has not been commercially implemented 
yet and can therefore still be considered as emerging technology. 
However, there are and have been several projects by companies aiming 
industrial deployment and commercialization of HTL-based production 
processes. Australia-based company Licella has developed the Cat- 
HTR™ (Catalytic Hydrothermal Reactor) process. Licella operates three 
separate pilot plants in Somersby, NSW, Australia. The first generation 
pilot plant was built in 2009 with a capacity of 100 tonnes per year. The 
second and third generation pilot plants were built in 2011 and 2012, 
respectively and are able to process 1000 and 10,000 tonnes per year of 
organic matter, respectively. The fourth generation commercial plant 
was planned to be commencing in 2019 with no capacity indication yet 
[12]. Another Australien company, Muradel, had developed a 
HTL-based technology platform (Green2Black™) that was demonstrated 
in a pilot plant with a capacity of 3000 L feed slurry per day. The slurry 
was delivered by Muradel’s microalgae cultivation facility. Next to 
microalgae, the company has also applied end-of-life car tires and 
sewage sludge [13]. 

In comparison to other biofuel conversion technologies, HTL is 
particularly favorable for the conversion of biomasses that are readily 
available in aqueous slurries, e.g. sewage sludge, manure or microalgae. 
An energy intensive drying step can be avoided in many cases as water 
serves as reaction medium (solvent) and reactant. The hydrothermal 
processing of waste materials represents a disposal process in addition to 
the fuel production, which can contribute to the plant economics. 

Sewage sludge represents an example of an aqueous waste that is 
available at negative costs in many places [14] and thus is an attractive 
feedstock for HTL. However, the processing of sewage sludge also in
volves technical challenges that need to be solved. The composition of 
sewage sludge can vary significantly [,16]. When designing a HTL plant, 
this must be taken into account, since the composition of the feedstock 
has a major impact on process performance parameters, e.g., yield and 
quality of biocrude as well as other product phases and energy effi
ciency. When sewage sludge is used as HTL feedstock the biocrude 
usually contains a high share of mineral components and heteroatoms 
[17], which pose a challenge for biocrude upgrading and compliance of 
the final product with transportation fuel specifications. 

So far, only a limited number of studies have been devoted to 
upgrading of HTL biocrude. A small number of reviews of research 
conducted in this field can be found in literature [11,18,19]. 

The majority of upgrading studies of HTL biocrudes are based on 
batch-mode experiments that do not represent an industrially relevant 
environment, while only very few reported studies are based on 
upgrading in continuous mode. 

A team from PNNL introduced a bench-scale hydroprocessing system 
using a molybdenum sulfide catalyst for the upgrading of microalgae 
derived biocrude [2,20]. Results show that oxygen, nitrogen and sulfur 
compounds could be reduced significantly. Another study dealing with 
batch reactor upgrading was recently published by Haider et al. [21]. 
Two highly nitrogenous biocrudes obtained from primary sewage sludge 
and spirulina biomass were investigated therein. Due to the lack of 
thermal stability of the raw biocrudes at the severe conditions (~400 ◦C) 
required for appropriate hydrodenitrogenation, a two-stage approach 
was conducted. A first, low-temperature stabilization stage was used to 
prepare biocrude for a second stage of upgrading under more severe 
conditions. This approach yielded in complete deoxygenation and 
removal of 92% of nitrogen for both biocrudes, while simultaneously 
reducing the coke formation from 9.1% to 3.4%–1.0% and 0.7% for 

spirulina and sewage sludge, respectively [21]. 
Commercial implementation of a HTL process needs a preferably 

complete conversion of carbon-containing compounds into fuels. How
ever, the aqueous phase that is formed during HTL conversion can 
contain more than 0.50 kg kg− 1 of the carbon originally present in the 
feedstock, with a total organic carbon value of 15–50 g L− 1 [22]. 
Application of catalytic hydrothermal gasification (cHTG) represents a 
promising option to transform the organic content of the aqueous phase 
into a combustible gas [23]. 

The product gas can be used for on-site heat and power generation. In 
the case of sufficiently high product gas quantities, it can be considered 
to process the residual raw gas by means of gas scrubbing and sell 
methane on the market. Besides that, the combination of HTL and cHTG 
brings several additional benefits. cHTG simplifies subsequent aqueous 
phase treatment, as potentially toxic organic components are removed 
by conversion into useful products. Furthermore, methane from cHTG 
gas provides an on-site resource for producing H2 via steam reforming. 
H2 is required subsequently for biocrude upgrading. The proposed HTL 
process chain is schematically depicted in Fig. 1. 

In order to optimally dimension the individual process steps, 
modeling of the entire process chain is required. This issue is addressed 
by an in-depth modeling of all individual process steps using Aspen Plus. 
Along this process chain, the most important reaction pathways are 
identified and mapped in order to provide accurate information about 
product yields and compositions. The model is based on thermodynamic 
and reaction kinetic data, and validated with experimental data, which 
allows comprehensive statements on mass and energy balances as well 
as statements regarding the composition of different products. In order 
to optimally arrange and dimension heat exchangers, a cost optimiza
tion of the HTL process is performed and the expected savings in heat 
demand are assessed. It is shown that effective heat recovery is key for 
cost-competitive and environmentally friendly fuel production. Energy 
demand can be significantly reduced with the use of a heat management 
system covering the entire process. This study addresses the research 
gap of the process integration of individual sub processes in an entire 
HTL process chain and the associated challenges in thermal manage
ment. This study was carried out as part of the EU project HyFlexFuel 
[24] and results of this study were previously published in a contribu
tion at virtual EUBCE 2020 [25]. 

2. Materials and methods 

In order to depict a HTL process chain using sewage sludge as 
accurately as possible, experimental results generated by pilot-scale 
plants were used [4,26]. With additional consideration of reaction 
mechanisms and thermodynamic data, mass and energy balances for 
fuel production were developed. The integrated HTL process chain is 
upscaled to a biocrude production of 10,000 tonnes per year according 
to biomass potentials assessed by Horschig et al. in a catchment area of 
50 km [27]. For simplification reasons, the energy demand for all pumps 
transporting liquids or slurry was modeled to be 12 Wh L− 1. 

2.1. Feedstock 

Primary sewage sludge representing a wet waste stream is consid
ered as feedstock (FS) in this study. Sewage sludge is typically provided 
as slurry ready to be used in HTL (with possibly prior adjustment of dry 
matter content). In this model the chemical composition of sewage 
sludge is represented by four basic biochemical groups, namely lipids, 
carbohydrates, proteins and lignin. Table 1 shows the relative abun
dance of these components as well as the considered ash content in the 
feedstock. The modeling was carried out with a dry matter (DM) mass 
fraction of 0.20, which still allows pumping, facilitates high yields and 
energy efficiency and largely avoids coke formation [5]. 

In the simulation, 32 model compounds are generated representing 
the four biochemical groups by the formation of typical hydrolysis 
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products, as well as the ash fraction. It is assumed that the ash fraction is 
not effected by hydrolysis conditions and is therefore not involved in the 
simulation as a reaction partner. Databases containing thermodynamic 
and reaction kinetic data are available for most model compounds in the 
software Aspen Plus v10 [22]. It should be noted that four amino acids, 
namely cystein, histidine, proline and arginine could not be modeled 
directly, due to missing parameters in the databases. Instead of the 
actual amino acids, the following alternative compounds 3-mercapto
propionic acid, 2-ethylimidazol, pyrrolidine and valeric acid were 
used, respectively. The missing nitrogen content was compensated by an 
additional amount of ammonia. Table 1 quantifies the assumed feed
stock composition and Fig. 2 shows the formation of exemplary model 
compounds from the four considered biochemical groups via hydrolysis. 

A detailed list of all model components used for the feedstock can be 
found in the appendix (Table A1). 

2.2. Thermochemical modeling of the reactions 

HTL and cHTG reactors are modeled using RSTOIC reactor model 
and Soave-Redlich-Kwong (SRK) equation of state as property method. 

Peng-Robinson equation of state with Boston-Matthias modification 
(PR-BM) was used as property method for biocrude upgrading. The HT 
reactor is modeled by a REQUIL reactor model. Table 2 gives an over
view of the reactor models and the number of chemical compounds or 
reactions considered. 

Based on literature [28–31], typical HTL reactions and biocrude 
compounds were identified and integrated in the Aspen model. The 
fractional conversions of the reactions in the HTL RSTOIC reactor are 
adjusted according to the elemental analyses and experimental product 
yields. In the case of the cHTG RSTOIC reactor, the fractional conversion 
of the reactions can be considered as the efficiency of the cHTG process. 
The model assumes that all reactions occur with equal likelihood, a 
fractional conversion or efficiency of 99% is considered. 

Depending on the pH, a considerable amount of CO2 is dissolved as 
CO3

2− , especially under higher pressures. Since the equilibrium between 
gaseous CO2 and dissolved CO3

2− is not modeled, the assumption is made 
that 35% of gaseous CO2 is dissolves in the aqueous phase according to 
Zhu et al. [32]. 

References for the modeling are experimental measurements per
formed at the HTL pilot plant at Aarhus University [3], the gasification 
pilot plant at Paul Scherrer Institute [33] and the continuous biocrude 
upgrading unit at Aalborg University [34]. 

2.3. Process modeling 

2.3.1. Hydrothermal liquefaction 
The feed slurry is heated and enters the HTL reactor (building block 

RSTOIC) at a temperature of 350 ◦C and a pressure of 22 MPa. This 
means that the HTL reactor is operated under sub-critical conditions. 
The gas resulting from the biomass conversion, consisting mainly of 

Fig. 1. Process overview of the modeled and optimized HTL production chain (AP: aqueous phase; cHTG: catalytic hydrothermal liquefaction; CHP: combined power 
and heat plant). As reactor models RSTOIC, REQUIL and RGIBBS were used. 

Table 1 
Biochemical composition of sewage sludge.  

Biochemical group Mass fraction [− ] 

Lipid 0.039 
Carbohydrate 0.450 
Protein 0.233 
Lignin 0.073 
Ash 0.205  
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CO2, is discharged, while the remaining product mixture is cooled to a 
temperature of 80 ◦C at ambient pressure and separated into biocrude, 
aqueous phase and a solid residue applying a gravimetric phase sepa
ration. The phase separation processes are modeled by using different 
building blocks in Aspen. SEP2 unit block with operating conditions of 
0.2 MPa and 100 ◦C was chosen for solid separation while SEP unit block 
with operating conditions of 0.1 MPa and 80 ◦C was selected for 
modeling the gas separation. In order to separate the two liquid HTL 
phases (aqueous phase and biocrude) a decanter unit block with oper
ating conditions of 0.1 MPa and 80 ◦C is used in the simulation. In order 
to match the experimental mass flows of the biocrude and the water 
phase as well as the elemental analysis of the biocrude, the separation 
efficiency of several components is adjusted. After separation, the 
aqueous phase possesses a total organic carbon (TOC) of 43.5 g L− 1 and 
has therefore to be treated with a membrane separator in order to 
upconcentrate the TOC. The membrane separator was modeled using a 
SEP2 unit block at 0.1 MPa and 80 ◦C. It is assumed that the TOC is 
increased to 80 g L− 1. A detailed flowchart of the modeled HTL process 
including the phase separation and the upconcentration of the aqueous 

phase is shown in Fig. 3. 

2.3.2. Hydrotreating 
The hydrotreating of the biocrude was modeled by using an REQUIL 

reactor unit block operated at 7 MPa and 400 ◦C with a hydrogen surplus 
of 23.2 mol per kilogram of biocrude according to Tzanetis et al. [35]. 
Subsequently the upgraded biocrude stream is cooled, depressurized 
and separated. A gaseous phase (refinery gas) is separated by a SEP unit 
block operated at 50 ◦C and 5 MPa. It is assumed that remaining 
hydrogen in the refinery gas is recycled and made available again for 
upgrading. The liquid phase is subsequently cooled, depressurized and 
separated into the upgraded biocrude and a wastewater stream by a 
decanter unit block operated at 0.1 MPa and 25 ◦C. 

2.3.3. Catalytic hydrothermal gasification 
For modeling the catalytic hydrothermal gasification process an 

RSTOIC reactor is used at super-critical operating conditions of 450 ◦C 
and 28 MPa. The fractional conversion of all reactions is assumed to be 
99%. The reactor stream is subsequently cooled, depressurized and 
separated. For separation of the liquid wastewater and the gas phase a 
SEP unit block operated at 1 MPa and 80 ◦C is used. A gas treatment 
process for accumulation of the methane is included in the model. It is 
assumed that 0.41 kg of methane can be produced from 1.00 kg of raw 
biogas related to an energy demand of 155 kJ. 

2.3.4. Use of methane 
Two options of dealing with the methane produced by cHTG and 

subsequent gas treatment are assessed. One option represents a steam 
reforming process conducted at a temperature of 800 ◦C and a pressure 
of 2 MPa to produce on-site hydrogen that is required for the 

Fig. 2. Exemplary hydrolysis reactions of four biochemical groups for the modeling of HTL of sewage sludge in Aspen Plus.  

Table 2 
Considered model options for the different process steps using Aspen Plus 
(RSTOIC: Stoichiometric reactor model, RGIBBS: Gibbs reactor model, REQUIL: 
Equilibrium reactor model).  

Process step Reactor model Number of defined reactions or compounds 

HTL RSTOIC 154 reactions 
Upgrading REQUIL 85 reactions 
cHTG RSTOIC 136 reactions 
CHP RGIBBS 21 compounds  

C. Penke et al.                                                                                                                                                                                                                                   



Biomass and Bioenergy 151 (2021) 106123

5

hydrotreating process step. The other option is an energetic use of 
methane to cover the heat demand of an HTL production chain. Com
bustion of methane was modeled in Aspen Plus using the RGIBBS reactor 
model. The exhaust gas (~800 ◦C) of the combustion is used for heat 
recovery. Furthermore, a combination of both options is investigated by 
varying the share of application of combined heat and power (CHP) and 
hydrogen generation. 

2.4. Heat exchanger network 

The required hot and cold demands for the individual process steps 
are evaluated using Aspen Plus. In order to achieve the best energetic 
option for the arrangement of heat exchangers, process integration was 
performed using principles of pinch analysis in Aspen Energy Analyzer 
v10. For ΔTmin a value of 5 ◦C was assumed in the modeling.Counter 
current shortcut recuperators are used as heat exchangers. The heat 
exchanger surface area A is derived from the following correlation 

Q=UAΔTLM (1)  

where Q corresponds to the heat flow in the heat exchanger. The overall 
heat transfer coefficient U is assumed to be 15 W m− 2 K− 1 for all heat 
exchangers. The logarithmic mean temperature difference ΔTLM repre
sents the driving force for the heat exchange between process streams 
and is given by 

ΔTLM =
ΔT1 − ΔT2

ln
(

ΔT1
ΔT2

) (2)  

where ΔT1 corresponds to the temperature difference of the hot stream, 
ΔT2 to the temperature difference of the cold stream. Two references for 
process optimization are taken into account. For comparison, “No HR” 
describes a hypothetical HTL process chain where no heat recovery (HR) 
is applied. For “sep HR” it is assumed that there is internal heat recovery 
in the individual sub-processes considered with a recovery rate of 80%. 
“HEN” considers a fully integrated heat recovery. 

2.5. Cost modeling 

The optimization minimizes the overall production costs of an inte
grated HTL process. Based on the computed mass and energy balances, 

the operating costs and the achievable profits of a HTL production are 
estimated. The assumed costs for feedstock and energy supply as well as 
the expected revenues from sales of the HTL products are shown in 
Table 3. 

As a reference for the capital expenditures (CAPEX) of the plants for 
biocrude production, gasification, hydrotreating and hydrogen supply 
serves a study from PNNL, describing a preliminary TEA of a HTL fuel 
production [15,16,36]. The costs of heat exchangers are estimated ac
cording to Keshavarzian et al. with 3000 € m− 2 [37]. Economy of scale is 
considered by using the following equation in relation to the quotient of 
new (Qn) and reference capacity (Qr) for the calculation of the present 
value (PV) 

PVScale = PV
(

Qn

Qr

)m

. (3) 

The correlation exponent m is derived from the cost of large (Cl) and 
small facilities (Cs) as well as the capacity of large (Ql) and small facil
ities (Qs) 

m=
logCl − logCs

logQl − logQs
. (4) 

The lifetime of the HTL plant is assumed to be a period of 10 years 
and is taken into account by annualization of the investment costs using 
LCOE (levelized cost of energy) methodology 

LCOE=
I + PV

F⋅A
. (5) 

I represents the upfront investment costs, PV is the present value of 
the operational costs accumulated over the lifetime, F is the annual 
amount of fuel produced by an HTL plant, and A denotes the annuity 
factor 

Fig. 3. Flowsheet diagram of all hydrothermal liquefaction process steps modeled in Aspen Plus.  

Table 3 
Considered operating and investment costs for fuel production by HTL.   

Cost Ref. 

Energy supply 77 € (MWh)− 1 [42] 
Waste water treatment 1.77 € m− 3 [43] 
Gas treatment 0.10 € m− 3 [44] 
CAPEX CHP (microturbine) 1000 € (kWh)− 1 [45] 
CAPEX HEX 3000 € m− 2 [37] 
Methane 0.40 € kg− 1 [46]  
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A=
1 − (1 + i)− n

i
. (6) 

For the calculation of annuity factor A, i denotes the interest rate and 
n the lifetime of the plant. An interest rate i of 6% per year is considered 
in the calculations. Furthermore, it is assumed that labor cost, revenues 
from sewage sludge disposal and from the fuel products (naphtha, 
kerosene, diesel) are equal for all considered process configuration and 
can therefore be excluded from the cost optimization. 

2.6. Assessment of process performance 

Since biocrude is the primary target product in the HTL process, 
biocrude yield Ybc is often used as central metric to improve the plant 
economics. The biocrude yield is expressed as the mass ratio of the ob
tained biocrude (mbc,dry) to the feedstock input (mFS,dry) 

Ybc =
mbc, ​ dry

mFS, ​ dry
(7) 

However, the metric yield of biocrude neglects the quality of the 
yielded products. The product quality is reflected, e.g., in their specific 
energy, typically measured as higher heating value (HHV). The HHVs of 
the feedstock and the biocrude are calculated according to the equation 
proposed by Milne et al. [38] based on elemental composition and ash 
content (element and ash fraction in %; HHVMilne in MJ kg− 1). 

HHVMilne = 0.341 ​ C + 1.322 ​ H − 0.12 ​ O − 0.12 ​ N + 0.0686 ​ S

− 0.0153 ​ ash (8) 

Since the entire HTL process chain is considered, the fuel yield Yfuel is 
determined using the following equation considering the obtained mass 
of fuel (mfuel,dry) 

Yfuel =
mfuel, ​ dry

mFS, ​ dry
. (9) 

The process efficiency η of a HTL process is defined as the ratio of the 
energy output of the upgraded biocrude (in the following referred as 
fuel) and the sum of the energy content of the feedstock, the required 
electrical power Pel and the process heat H 

η= HHVfuel⋅mfuel

HHVFS⋅mFS + Pel + H
(10)  

3. Results 

3.1. Elemental compositions 

Elemental analyses (EA) of the product streams are used to validate 
the model of the HTL process chain. The comparison of the calculated 
elemental composition of feedstock, biocrude and upgraded biocrude 
with the respective results from literature values is shown in Fig. 4. 

Keeping in mind that literature values can differ quite significantly, 

the calculated model values of the elemental analysis are in reasonable 
agreement to the references. According to the experimental results, the 
modeling clearly shows that an energetic upgrading of sewage sludge 
takes place. The relative carbon content can be increased by 59.6% 
during biocrude production, while an additional upgrading process 
leads to an increase of 85.6%. 

The portion of heteroatoms can be reduced significantly during HTL 
processing and the subsequent upgrading process. The modeled upgra
ded biocrude shows nitrogen contents of 0.56 kg kg− 1 and oxygen 
contents of 0.28 kg kg− 1. The sulfur content in the upgraded biocrude 
was modeled at 0.006 kg kg− 1. Both oxygen and nitrogen contents are 
slightly higher in the model compared to the experimental values of 0.2 
kg kg− 1 and 0.3 kg kg− 1, respectively. Nevertheless, a reasonable 
agreement can be stated. Looking at the deoxygenation and nitro
genation values during hydrotreatment, the results of EA can be forti
fied. The relative amount of removed oxygen amounts to 96.6%, while 
for denitrogenation the value is at 95.7%. 

3.2. Simulated distillation 

In order to estimate which amounts of final products can be expected 
from a distillation of the upgraded biocrude, the individual components 
of the upgraded biocrude were grouped according to their boiling 
points. Plotting of the cumulated masses of the individual components of 
the modeled upgraded biocrude over their respective boiling points 
leads to a simulated distillation curve, which is shown in Fig. 5. The 
calculated boiling point distribution is compared with experimental 
results obtained from literature. 

As can be seen in Fig. 5, the overall distribution of masses fits quite 
well. Most significant differences can be observed in the temperature 
ranges of 28 ◦C–150 ◦C, 200 ◦C–275 ◦C and at temperatures above 
450 ◦C. Nevertheless, the amounts of obtained product fractions are in 
an acceptable range compared to the experimental results, since simu
lated distillation curves can vary significantly when applying different 
conditions during hydrothermal liquefaction and hydrotreating. Also, it 
should be noted that the herein cited experimental results do not stem 
from a continuously operated process chain, but rather from different 
individual experiments that are not directly associated with each other. 
Therefore, experimental results should more be viewed as indication for 
the validation of the model, not as strictly needed match. The boiling 
point ranges of the product groups naphtha (28–150 ◦C), kerosene 
(150–250 ◦C) and diesel (250–350 ◦C) serve to determine the fuel 
product quantities that can be processed from upgraded biocrude. Thus, 
0.218 kg naphtha, 0.196 kg kerosene and 0.466 kg diesel can be pro
duced from 1.00 kg upgraded biocrude. Relative deviations from the 
literature values are in the range of 3.7% for naphtha, 11.7% for kero
sene and 6.5% for diesel [39]. 

Fig. 4. Composition of feedstock, biocrude and upgraded biocrude using 
sewage sludge as HTL feedstock [29,47]. 

Fig. 5. Comparison of simulated distillation curves from upgraded biocrude of 
sewage sludge [39]. 

C. Penke et al.                                                                                                                                                                                                                                   



Biomass and Bioenergy 151 (2021) 106123

7

3.3. Use of methane from cHTG for CHP vs. hydrogen production 

The gas produced by the catalytic gasification process is rich in 
methane (0.527 kg kg− 1) and has a HHV of 23.2 MJ kg− 1. By means of a 
gas purification process (e.g. by pressure swing adsorption) and a 
reduction of the other gas components such as CO2 and NH3, highly 
concentrated biomethane can be obtained. In the model, it was assumed 
that pure methane is present after gas purification. On the one hand, 
methane can be used on-site for the production of hydrogen via steam 
reforming. On the other hand, an energetic use of methane can generate 
process heat needed at different positions in the process. Fig. 6 shows the 
process efficiency as well as considered production costs for HTL fuel 
production using different shares of methane for on-site hydrogen pro
duction and CHP. 

If methane is used completely for heat supply, the process efficiency 
is 44.6%, for a complete steam reforming of the methane the process 
efficiency amounts to 43.3%. These results can be explained by the fact 
that the process efficiency relates the energy resources used (biomass, 
heat, electricity) to the useable energy content in the upgraded fuel (see 
Equation (10)). The hydrogen demand is not considered in this effi
ciency calculation. A purely energetic use of methane is associated with 
higher sales revenues than a pure use of methane for hydrogen pro
duction. The bend in the cost graph at a mass ratio of 0.33 corresponds to 
a condition where the complete hydrogen demand of the system is 
covered, surplus produced hydrogen does not further improve the pro
cess efficiency. 

3.4. Mass and energy balance 

Based on the modeling, mass and energy balances are calculated 
covering the entire HTL process chain for the application of sewage 
sludge. The mass and energy balance for a HTL process with an on-site 
use of methane of 33% is shown in Fig. 7. Looking at the mass bal
ance, it becomes clear that large amounts of aqueous phase are produced 
in addition to the desired biocrude, which corresponds to 24.9% based 
on the DM input. The model shows that 45.4% of the DM input, which 
corresponds to 45.8% of the initial carbon, ends up in the HTL aqueous 
phase. This underlines the high relevance of a treatment of the aqueous 
phase in a HTL process chain. cHTG has proved to be a suitable process 
for processing of aqueous HTL phases. For cHTG it is beneficial to in
crease the carbon concentration of the aqueous phase. It is computed 
that 78.0% of the initial carbon mass in the aqueous phase can be 
transferred into an upconcentrated aqueous phase (retentate) through 
membrane upconcentration. Thereby, the total organic carbon (TOC) of 
the aqueous phase is increased to a TOC of 96.8 g L− 1 as feed for cHTG. 
The amount of carbon in the cHTG gas stemming from methane corre
sponds to 18.6% of the initial mass of carbon in the feedstock. Using the 
herein described setup, treatment of the aqueous phase is further 

facilitated, since large parts of the salts are concentrated in the brine 
phase and the organic content in the cHTG wastewater is reduced 
considerably. The estimations suggest that it is sufficient to use 33% of 
the purified biogas to cover the hydrogen demand in the biocrude 
hydrotreating process. The remaining gas can be used in a CHP unit to 
cover the electricity and heat demand for the HTL process chain. 

The biocrude contains 51.6% of the initial carbon in the sewage 
sludge. Subsequent hydrotreatment of the biocrude yields an amount of 
70.8% of upgraded biocrude based on the biocrude mass. Compared to 
the initial feedstock input, this corresponds to 18.6%. Considering the 
carbon mass flows, the yield of carbon in the upgraded biocrude (82.3%) 
based on the carbon content of the biocrude is even higher. This cor
relates to a total yield of 42.4% of carbon in the upgraded biocrude 
compared to the initial feedstock input. The mole flow of hydrogen input 
during hydrotreatment corresponds to a ratio of 23.2 mol per kilogram 
of biocrude. Based on the output of excess hydrogen, an actual hydrogen 
consumption of 22.9 g of H2 per kilogram of biocrude was modeled. 

The energy balance is derived from the mass flows of the overall HTL 
process chain, enthalpy flows associated with the heating and cooling 
demand as well as specific energy requirements of pumps, compressors 
and turbines. According to Milne et al. the HHVs are 17.02 MJ kg− 1 for 
the sewage sludge, 36.83 MJ kg− 1 for the biocrude and 45.73 MJ kg− 1 

for the upgraded biocrude. 
For the energy balance the assumption was made that the sub pro

cesses HTL, HT and cHTG have an subsystem heat recovery of 80% each. 
Therefore, cold flows are not shown in the illustration. Significant 
quantities of heat are required for the HTL fuel production. The largest 
heat quantities are necessary in HTL (2.1 MJ kg− 1 FS) and in cHTG (1.5 
MJ kg− 1 FS). The demand for electrical energy is much smaller, in total 
0.6 MJ kg− 1 FS without application of CHP are consumed. The electrical 
energy produced by CHP with 0.8 kJ kg− 1 FS is sufficient to cover the 
demand of an HTL process chain. Therefore, no additional electric en
ergy source is needed in an integrated HTL process chain. The computed 
energy flows in the energy balance form the basis for the implementa
tion of an integrated heat management, which covers the entire HTL 
process chain and offers potential to increase process efficiency. 

3.5. Heat exchangers 

In order to minimize the heat demand, a HEN is developed 
comprising the entire HTL process chain considering an upgraded bio
crude production of 10 kt per year. A list and a ranking regarding the 
heating or cooling duty of the cold and hot process streams serves as a 
basis for an optimal configuration and design of heat exchangers ac
cording to the pinch principles. To keep the process simple and to 
optimize costs with regard to the required heat exchanger surface area, 
only those streams were considered that have an enthalpy greater than 5 
MJ per kg fuel. All considered hot and cold flows are listed in Table 4. 

By identifying the pinch temperature and starting to design the heat 
transfer network around this point, the energy targets can be met by 
transferring heat between hot and cold flows. The arrangement of the 
heat exchangers and the required heat exchange surface is shown in 
Table 5. 

The two heat exchangers comprising cHTG and HTL are of almost 
equal size and have a surface area of 1.71 and 1.69 m2 respectively. The 
heat exchanger used to preheat the HTL slurry is slightly smaller with 
1.01 m2. A cumulated heat exchanger surface of 4.41 m2 is computed. In 
Fig. 8 the cost optimization regarding the size of the heat exchanger 
surface area is illustrated related to a fuel production of 1 kg h− 1. The 
cost optimization minimizes the costs resulting from natural gas and 
electricity supply as well as the cost of the heat exchangers, as other cost 
parameters are assumed to be independent of the ratio of heat recovery. 

The bends in the graphs at a heat exchanger area of 19.3 m2 corre
spond to a condition where the complete heat demand of the process is 
covered from heat recovery. A further increase in heat exchanger area 
does not further improve the plant economics. Therfore, for a heat 

Fig. 6. Sales revenue and process efficiency of an HTL fuel production 
depending on the methane use for hydrogen generation or CHP. 
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exchanger surface area of 19.3 m2 (related to a fuel production of 1 kg 
h− 1), the cost-optimized process configuration results. 

3.6. Comparison of different process configurations 

Fig. 9 summarizes the computed process efficiencies and considered 
production costs for different heat recovery options and HTL process 
configurations. 

The first considered heat exchange configuration is referred to as “no 
heat recovery option” (No HR) in the following. In this configuration, 
the process streams are spatially connected between the individual 
process steps, but there is no heat exchange between hot and cold 
streams. The second heat recovery configuration describes heat ex
changers that only comprise an individual process step. For example the 
heat exchanger of the HTL pilot plant at Aarhus University performs 
with a heat recovery of 80% [3]. For this consideration, it is assumed 
that in each high-temperature process step, individual heat recovery is 

performed with a heat recovery efficiency of 80%. The HEN, which in
cludes an energetic optimization of the heat exchanger assembly and a 
cost optimization of the heat exchanger surface area, forms the third 
system configuration considered. 

In addition, the process efficiency was determined for the following 
three process configurations: In the first process configuration, the HTL 
process is coupled with the upgrading step. The second process config
uration is based on the first one, but additionally includes the energetic 
use of the aqueous phase by cHTG and CHP. Finally, a process config
uration, in which a part of the methane produced by cHTG is used 
energetically by CHP and some of the methane is used for the production 
of the internally required hydrogen, is considered. 

From the data it is clear that heat recovery within the HTL and cHTG 
subsystems is essential for all process configurations. The efficiency can 
be further improved by using an integrated HEN. For the first process 
configuration the heat exchanger network is not applicable, because in 
the HTL process no additional waste heat can be used for upgrading. 

The overall best process efficiency with a value of 44.2% can be 

Fig. 7. Mass (left) and energy balance (right) for an HTL process chain using sewage sludge as HTL feed. (AP: aqueous phase; HTL: hydrothermal liquefaction; HT: 
hydrotreating; cHTG: catalytic hydrothermal liquefaction; GC: gas cleaning; CHP: combined heat and power plant; SR: steam reforming; WW: waste water). 

Table 4 
Input for the pinch analysis: List of considered hot and cold flows in an inte
grated HTL plant with their respective inlet and outlet temperatures and 
resulting enthalpy.  

Name Inlet T in ◦C Outlet T in ◦C Enthalpy in MJ kg− 1 

HTL slurry in 25 350 35.22 
HTL slurry out 350 80 29.26 
cHTG in 80 450 29.48 
cHTG out 450 80 29.48 
CHP out 810 25 25.00  

Table 5 
Configuration of the modeled heat exchangers related to an upgraded biocrude 
production of 1 kg h− 1.  

Stream in, hot Stream in, cold ΔTLM in ◦C Area in m2 

cHTG out HTL slurry in 318 1.71 
HTL slurry out cHTG in 316 1.69 
CHP out HTL slurry in 151 1.01  

Fig. 8. Cost optimization for the heat recovery for processing sewage sludge via 
HTL related to an upgraded biocrude production of 1 kg h− 1. Costs for elec
tricity are proportionately low. (HEX: heat exchanger; LCOE: levelized cost 
of energy). 
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achieved with a process configuration in which an energetic use of the 
aqueous phase is carried out and hydrogen is produced on site. For the 
case of an external hydrogen supply and an application of a heat 
exchanger network, a process efficiency of 40.3% can be calculated. 
Since this configuration can be favorable from an economic or envi
ronmental point of view and the process efficiency is only slightly lower, 
this also offers a promising option as configuration of an HTL process 
chain. 

In addition to process efficiency, the production cost items were 
compared. The lowest costs can be generated with an integrated HTL 
process chain (0.58 € for no HR, 0.40 € for SEP HR, 0.41 € for HEN). The 
options where no treatment of the AP by means of cHTG or no on-site 
hydrogen production is carried out are worse from a cost perspective. 

Fig. 10 shows how the costs are composed for the most economical 
process configuration namely an integrated HTL fuel production chain 
with an on-site hydrogen generation and a separated heat recovery. Note 
that the chart shows only selected cost items associated with the 
investigated subsystems, further important cost contributions such as 
labor or gate fees for sewage sludge treatment are not considered here. 
In the here shown process configuration addditional hydrogen is not 
required and therefore not assossiated with costs.The cost for electrical 
energy takes a small share (1.3%). Most of the costs are due to methane 
(17.5%), which is used for heat supply, and the investment costs for 
biocrude production (21.9%) and heat exchangers (24.3%). 

4. Discussion 

The field of HTL process models can be differentiated by several 
characteristics, two of them being the use of a reaction network and the 
consideration of a process chain connected to the HTL process. Previous 
studies of the HTL process including a reaction network are mainly 
based on HTL batch experiments. Most of these studies use a small 
number of model compounds and do not consider a process chain con
nected to the HTL process [40]. The most prominent system analyses of 
continuous HTL processes and process chains were performed by the 
Pacific Northwest National Laboratory [41]. However, in these publi
cations no reaction network is considered and product yields and com
positions are specified according to experimental results. In this work, 
all the above mentioned aspects are combined in a single process chain 
model. Furthermore, the considered process chain is analysed with 
respect to several different process configurations and heat recovery 
options. Based on the results, further considerations towards environ
mentally and economically favorable plant designs can be made. 

4.1. Thermochemical modeling 

One variable that can be used to validate a model with integrated 
reaction network is the elemental analysis. Some minor and moderate 
differences can be observed for the comparison of the three most 
important streams; feedstock, biocrude and upgraded biocrude. Gener
ally, most of the relative deviations for all three streams are below 10%. 
Exceptions to this finding are the relative deviation of the nitrogen 
content in the biocrude as well as the relative deviations of the nitrogen 
and oxygen contents in the upgraded biocrude. The latter two are in the 
range of 40–44% for oxygen and nitrogen, respectively, and can be 
attributed to the very small absolute values. 

Besides the distribution of elements in the three important streams, 
also the distribution of boiling points of components in the final product 
stream can serve as criterion for validation of the model (compare 
Fig. 5). It should be noted, that experimental results of the final boiling 
point distribution can vary significantly depending on the conditions 
during hydrotreatment and distillation. Moreover, the herein cited 
experimental results are not obtained from one continuously operated 
process chain, but from different individual experiments that are not 
directly associated with each other. Thus, the experimental results 
should rather be viewed as an indicator for the model, and not as strict 
empirical realities that have to be matched by the modeling. Considering 
this, the model results are in good agreement with the experimental 
results and the deviations are assumed to be in an acceptable range. The 
accuracy of the modeling can be improved further by an increased 
number of experimental data, especially in the context of continuously 
operated HTL process chains, and by the availability of thermodynamic 
data for a greater variety of representative compounds in the process 
streams. 

4.2. Limitations for heat recovery 

Intensive heat recovery can significantly increase the efficiency of a 
fully integrated HTL process. However, when designing a heat recovery 
system, certain limitations have to be taken into account. The main 
limitation in heat recovery is the phase separation in the process steps 
HTL, HT and cHTG. Product streams have to be cooled down to a tem
perature of about 80 ◦C in order to realize a sufficient separation of the 
product phases. Hereby, major hot-cold gradients lead to a decrease in 
overall efficiency. Since high temperatures (exceeding 500 ◦C in CHP 
flue gas) occur in the process, care has to be taken when selecting 
suitable materials for the implementation of a system. A further factor 
that has to be considered in the technical implementation of a HEN is the 
possibility of precipitation of mineral components during cooling of the 
product streams. With temperature decrease salts in the pipes or in the 
heat exchangers can precipitate, leading to an increased corrosion risk as 

Fig. 9. Achievable process efficiencies and considered costs: no heat recovery 
(no HR), individual heat recovery in each process step (sep HR), heat exchanger 
network (HEN). 

Fig. 10. Overview of considered cost items for a fuel production by HTL of 
sewage sludge. The cost optimized process configuration was considered (33% 
of methane used for hydrogen generation, separated HR). 
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well as to a reduced heat exchange efficiency.In addition, limitations 
due to the specific HTL plant need be taken into account, when 
dimensioning a HEN. Heat exchangers may not be installed at every 
point in the system in the desired dimension. However, this can only be 
assessed when designing and dimensioning a plant in detail. 

4.3. Further considerations for HTL plant design 

The investigated plant layout, which includes subcritical HTL, cHTG 
for aqueous phase treatment and hydrotreating towards transportation 
fuel products like gasoline, diesel and jet fuel, represents a specific 
choice of subsystems, which is also investigated experimentally in the 
EU-project HyFlexFuel. Designing HTL plants for other purposes, e.g. for 
the production of biooils for the heating or marine sector, will also have 
an impact on plant design, especially regarding the upgrading process. 
Fig. 9 indicates that the results are most relevant for the thermal inte
gration of the HTL and the cHTG step. However, further options for the 
treatment and energetic valorization of the aqueous phase, such as 
anaerobic digestion, do not require high temperatures and pose different 
challenges for process modeling and plant integration. HTL and aqueous 
phase treatment will likely be implemented at a common location. In 
contrast, for many HTL process chains transportation of biocrudes to 
centralized hydrotreatment plants, or co-feeding of HTL biocrudes in 
conventional refineries might be advantageous. The modeling results 
show only a small benefit of thermal integration of hydrotreatment at a 
common location. The generation of hydrogen from cHTG gas makes 
sense from an energy perspective, but hydrogen generation from other 
sources may still be more competitive at refineries and centralized 
upgrading plants. In both cases a HTL plant may still involve a limited 
partial upgrading step to improve the quality and stability of the bio
crude, which is then transported to centralized facilities. Yet another 
option is the coupling of HTL process chains or subsystems of HTL 
process chains with other energy or waste management systems. Ex
amples include the availability of additional heat sources, generation of 
renewable hydrogen via electrolysis, or sharing facilities for aqueous 
phase treatment. 

5. Conclusions 

The results indicate that an energetic valorization of the organic 
content in the aqueous phase can be beneficial for HTL plants, as a 
significant fraction of the organic content from the biomass feedstock is 
converted into soluble compounds, which separate from the biocrude. 
cHTG provides a potential option to convert the organics in the aqueous 
phase into a biogas and thereby also clean up the process water for 
environmentally sound disposal. A close thermal integration is in 
particular beneficial for the HTL and cHTG subsystems, as both process 
steps require to lift the large thermal mass of their aqueous feed streams 
to elevated process temperatures. Consequently, the HTL and cHTG 
subsystems require substantial amounts of heating and cooling for their 
operation. Hydrogen generation from cHTG gas for biocrude upgrading 
via hydrotreatment is another potential benefit from plant integration, 
while the potential for thermal integration of the upgrading step seems 
to be limited, as a comparably small stream of biocrude-oil is processed. 
The modelling results return an overall energy efficiency of 44.2% in 
case of thermal integration and onsite hydrogen and process energy 
generation from cHTG gas. The energy efficiency is lower, 40.3%, in 
case of external hydrogen supply. Further investigations are required to 
weigh the benefits of on-site integration of hydrotreating, against the 
advantages of centralized biocrude upgrading facilities with improved 
economy of scale, or co-processing of HTL biocrudes in refineries. The 
optimum configuration may differ depending on the capacity or the 
specific geographical context of the individual HTL plant, a potential 
integration of electrolysis hydrogen may once more revise design 
choices. The modeling lays the basis for techno-economic and environ
mental system analyses of integrated HTL plants for transportation fuel 
production from sewage sludge and various other organic feedstock. 
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Appendix  

Table A1 
General chemical composition of biomass based on basic components, building blocks and model components.  

Basic component Building block Model component 

Lipids Fatty acids Oleic acid 
Palmitic acid 
Arachidic acid 
Behenic acid 

Glycerol Glycerol 
Carbohydrates Glucose (Cellulose) Glucose 

Xylose and other sugars (Hemicellulose) Xylose 
Proteins Amino acids 3-Mercaptopropionic acid 

Glycine 
Glutamine 
Tryptophane 
Phenylalanin 
Lysine 
2-Ethylimidazol 
Pyrrolidine 
Formic Acid 
Valeric Acid 
Ammonia 

Lignin Benzene and derivates Benzene 
Benzoic acid 

Phenylpropanoid derivates Eugenol 

(continued on next page) 
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Table A1 (continued ) 

Basic component Building block Model component 

Phenol and derivates Phenol 
4-hydroxybenzaldehyde 
Catechol 
Guaiacol 
Orcin 

Ash Metal oxides and hydroxids Calcium Oxide 
Potassium Oxide 
Magnesium Hydroxide 
Sodium Oxide 
Iron Oxide 

Phosphates Ammoniumdihydroxyphosphate  
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HEN: Heat exchange network 
HEX: Heat exchanger 
HR: Heat recovery 
HT: Hydrotreating 
HTL: Hydrothermal liquefaction 
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